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Temperature of membrane distillation
Membrane distillation
Direct contact membrane distillation

(T, from 80 °C to 180 °C, higher than the customary maximum of ~80 °C, was developed and used to explain
and assess the performance of such high temperature DCMD, as well as the potential associated problems of the
needed higher operating pressure, and provide knowledge useful for their future design and optimization. Some
of the key results are that raising T; from 80 °C to 180 °C, increases J 9.4-fold, and » 2.1-fold, and decreases the
specific energy consumption (SEC) 2.9-fold. Raising the flow Reynolds number from 1200 to 7000 increases J
2.6-fold and n by 15%, but SEC increases 2.3-fold. The needed system pressurization does not affect the process
performance significantly. The higher operating temperatures also provide more practical opportunities for heat

recovery, which could significantly further raise overall system efficiency.

1. Introduction and objectives

Membrane distillation (MD) is recognized as a thermally driven
membrane separation process with many advantages [1-7], in-
cluding the high purity of its product [2,6], as well as lower sen-
sitivity to concentration polarization and fouling when compared to
pressure driven membrane separation processes [1], its compact
volume [3], and its capability to use low-temperature waste heat
and/or renewable energy sources such as solar and geothermal
energy. Typical feed solution temperatures for MD are below about
80 °C, which was mostly dictated by the tolerance of the separation
membrane polymers. Notwithstanding the above mentioned ad-
vantages of using low temperature heat sources, it is widely pub-
lished and known that the mass flux and the thermal efficiency of
MD increase with the feed solution temperature [3,4]. Higher op-
erating temperatures also provide more practical opportunities for
heat recovery, which could significantly further raise overall system
efficiency. The main objective and novel contribution of this study
is therefore to explore the conditions, potential and consequences
of raising the temperature above 80 °C for what is (arguably) the
most used MD configuration called ‘direct contact membrane dis-
tillation’ (DCMD) in desalination MD, where, as shown in Fig. 1, the
warm saline feedwater flows along one side of the separation
membrane, while the colder fresh water product flows along its
other (permeate) side.

It is noteworthy that while conventional MD, including DCMD,
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operates below the boiling temperature of the feedwater solution,
which for saline water is associated with saturation pressures
somewhat higher than atmospheric, increasing with salinity. Since
boiling with the associated generation and motion of bubbles will
disrupt the MD process (with yet-unknown consequences), opera-
tion at temperatures above the boiling temperature are conducted
by raising the operating pressure to values above those of saturation
corresponding the desired operating temperature. This study
therefore also includes examination of pressure effects on the
membrane transport.

There is much evidence, from both numerical simulations and ex-
periments, of the above-mention flux and efficiency improvement trend
with increasing of the feedwater temperature within the currently used
low temperature range. For example, numerical analysis of DCMD has
shown that increasing the feed temperature from 40 °C to 80 °C in-
creases the permeate mass flux 4.6-fold and the below-defined mem-
brane thermal efficiency (1) by 16% (from 77.1% to 89.5%) [4].

Furthermore, several experimental studies have been made of the mass
flux of MD up to 128 °C at pressures up to 3 atm (~300 kPa), and thus
verified the basic feasibility of successful operation at temperatures above
the conventional 80 °C and well above atmospheric pressure. Reference [8]
is a study of DCMD of a 1% NaCl solution using flat polytetrafluoroethylene
(PTFE) membranes, and measured that raising the feed temperature from
80 °C to 95 °C elevated the vapor mass flux 4.6-fold, and that raising it from
110 °C to 128 °C elevated the vapor mass flux 1.9-fold. In [9] they used
PTFE hollow-fiber DCMD and measured that raising the feed temperature
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Nomenclature qV” heat flux across the membrane by evaporation [W/m?3].
Qmem heat flux across the membrane [W/m?].
A membrane area [m?] q total heat flux across the membrane [W/m?].
B geometric factor [dimensionless] r average pore radius [m]
C membrane permeability [kg/(m2~s-Pa)] R ideal gas constant [J/(molK)]
C, specific heat capacity at constant volume [J/(K'kg)] Re Reynolds number [dimensionless]
Gy specific heat capacity at constant pressure [J/(K'kg)] S salinity [g/kg]
d, membrane pore size [pm] SEC specific energy consumption [J/kg]
D diffusion coefficient [m2/s] Sc Schmidt number [dimensionless]
DCMD  direct contact membrane distillation SXC specific exergy consumption [J/kg]
Eu Euler number [dimensionless] T temperature [K]
Edes exergy destruction rate [W] T, glass transition temperature [K]
Eﬂow rate of the overall flow exergy transfer [W] u velocity [m/s]
Enear thermal energy input rate needed to heat the fluid [W] \% volumetric flow rate [m3/s].
Empur exergy input rate [W] w mass fraction [%]
Ei"P“‘ energy input rate [W] Woump pump work needed to pressurized the fluid [W].
Eoutput exergy output rate [W]
hen channel height [m] Greek
he convective heat transfer coefficient of the feed stream [W/
(m2K)] YL liquid surface tension [N/m]
h, conduction heat transfer coefficient of the membrane [W/ 8 membrane thickness [m]
(m2K)] AHy, specific enthalpy of vaporization [J/kg]
hy, convective heat transfer coefficient of the permeate stream AJ difference between J corresponds to the highest Ty; and J
[W/(m2K)] corresponds to the lowest T; [kg/(m2~s)]
H, total heat transfer coefficient of the membrane [W/  APinwer  pressure difference at liquid/gas interface [Pa].
(m3K)]. ATg; difference between the highest Tf; and the lowest Tg; [K]
J mass flux [kg/(m>s)] e membrane porosity [dimensionless]
k thermal conductivity [W/(mK)] 6 membrane/liquid contact angle [° or rad]
ky thermal conductivity of the gas present in the pores [W/ n membrane thermal efficiency [dimensionless]
(mK)] u viscosity [Pa-s]
Kme effective membrane thermal conductivity [W/(m*K)] p density of the fluid [kg/m°]
ks membrane material thermal conductivity [W/(m?K)] 74 exergy efficiency [dimensionless]
LEP liquid entry pressure [Pa] Y pump efficiency [dimensionless]
La module length [m] X membrane tortuosity [dimensionless]
M molecular weight of vapor [kg/mol] Q relative heat transfer resistance [dimensionless]
MD membrane distillation
My mass flow rate of the distillate [kg/s] Subscript
p total pressure [Pa]
PP polypropylene i feed inlet
Pr Prandtl number [dimensionless] fm feed/membrane interface
PTFE polytetrafluoroethylene i inlet
PVDF polyvinylidene fluoride mem membrane
Dfm vapor pressure at the membrane feed-side surface [Pa] pi permeate inlet
Pp.m vapor pressure at the membrane permeate-side surface p,m permeate/membrane interface
[Pa] pro product
Dair average partial pressure of the non-condensable gas in the 0 dead state
membrane [Pa] )
DPow vapor pressure of pure water [Pa] Superscript
Dv,sw vapor pressure of sea water [Pa]
Dsat saturation pressure at the feed inlet [Pa] * dimensionless value
qC” heat flux across the membrane by conduction [W/m?].
Ly Fig. 1. Schematic of the studied DCMD module.
wall ——
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Table 1
Prior studies of the mass flux and its increase as a function of the feed temperature.

Reference Ty, Toi J, AJ/ATg;, Feed
°C °C kg/(m*h)  kg/(m*h-°C) aqueous
solution

Alklaibi & Lior [4] 40 — 80 20 6.3—-289 0.57 2.5% NaCl
Singh & Sirkar [8] 80 — 95 25 145—-66 3.4 1% NaCl
Singh & Sirkar [8] 110—128 25 105—=195 5 1% NaCl
Singh & Sirkar [9] 85— 95 29 6.8 =15 0.82 1% NaCl
Singh & Sirkar [9] 108 — 118 29 68 — 115 4.7 1% NaCl

from 85 °C to 95 °C elevated the vapor mass flux 2.2-fold, and that raising it
from 108 °C to 118 °C elevated the vapor mass flux 1.7-fold. The experi-
mental results and average mass flux increase per °C of temperature raise of
the feed of these studies are summarized in Table 1 where AJ is the dif-
ference between the J corresponding to the highest Ty; and J corresponding
to the lowest Tg; and ATy; is difference between the highest T¢; and the
lowest Tg; It can be seen that high temperature MD over 100 °C results in
higher mass flux increase per unit feed temperature increase than at lower
feed temperatures.

Membranes for the customary low-temperature MD are made of
polymers that may be practically inapplicable at higher temperatures,
which is the main reason that typical MD processes were conducted at
temperatures below about 90 °C. A way to raise the operating tem-
perature is by using different membrane materials, such as higher
temperature polymers, ceramics and composites. Many studies have
investigated utilizing ceramic membrane for MD but only below 100 °C
[10-17]. Furthermore, membrane fabrication technology is con-
tinuously improving, and membranes can now be fabricated with in-
creasingly extraordinary mechanical properties and contact angles
[18,19]. High temperature MD thus also serves as an incentive for de-
veloping correspondingly improved membranes.

As one of the anonymous Reviewers remarked, use of saline water
temperatures above 100 °C may create an opportunity to use water vapor
transport membranes, but this was not studied in this paper. For example,
GORE-TEX® membranes were indeed experimentally used for MD but
eventually found much more lucrative markets in the garment industry.

It is noteworthy that raising the temperature of all thermal water
desalination processes, including MD, makes them increasingly vul-
nerable to precipitation of salts such as calcium carbonate, magnesium
hydroxide, and calcium phosphate, if they are present in the feed water,
especially when the temperature reaches the solution saturation con-
ditions. The solubility of calcium carbonate, magnesium hydroxide, and
calcium phosphate decreases with temperature [20]. This precipitation
may cause excessive fouling of the membranes. High temperature
DCMD can be used, however, if the feed water does not originally
contain such species, or by pretreating the feed water (such as by
coagulation, precipitation, nano-filtration, thermal water softening, use
of antiscalants and pH control [20-22]) if it does.

In this study, a flat sheet DCMD module using a PTFE membrane
with saline water feed inlet temperature from 80 °C to 180 °C was in-
vestigated by fundamental numerical simulation. A comprehensive and
validated simulation model for these higher-than-customary tempera-
tures was developed as described in Section 2 below and was used to
explain and assess the performance of such high temperature DCMD, as
well as some of the potential associated problems. It also provides
useful knowledge for future design and optimization of high tempera-
ture DCMD. The quantitative results for MD at these higher tempera-
tures are, to the best of our knowledge, the first in the literature.

2. Model development
2.1. The computational domain

Fig. 1 shows the schematic of the analyzed DCMD module. The feed
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Fig. 2. Qualitative depiction of the temperature profile, vapor mass transport, and heat
transfer resistance analog in DCMD.

stream and permeate stream are in counterflow. The porous hydro-
phobic membrane between the feed and permeate streams allows only
the generated vapor to pass through it. The module interface with its
surroundings is assumed to be adiabatic, thus the bottom and top walls
in Fig. 1 are adiabatic.

To evaluate the performance of this DCMD module (the perfor-
mance criteria, including the mass flux membrane thermal efficiency,
total heat flux, relative heat transfer resistance, exergy efficiency, spe-
cific exergy consumption, specific energy consumption, described in
Section 7), it is needed to calculate the temperature, flow, pressure, and
concentration fields in the DCMD module, for which we developed the
below-described comprehensive model that includes the transport in
the membrane and the participating fluids.

2.2. The transport in the analyzed DCMD process

The temperature profile, vapor mass transport, and heat transfer
resistance analog in DCMD are qualitatively described in Fig. 2, and the
model for analyzing the transport in the DCMD module is described
below.

As shown in Fig. 2, the thermal driving force for the evaporative
separation process is the temperature difference between the warm
feedwater solution and the colder permeate stream, (Ty — T,,). Heat is
transferred from and through the warm feedwater at temperature Ty to
the upper surface of the membrane, where evaporation starts, and heat
is transferred through the membrane and then through and to the
permeate stream, which is kept at the colder temperature T, by supply
of fresh water coolant, and in which condensation of the transported
vapor takes place. The explanation of the shown serial heat transfer
resistances follows.

The heat first is transferred across the feed stream boundary layer is
expressed as:

4 = he (T = Trm)s 1

where all the variables used in the equations of this paper are defined in
the Nomenclature at its end.

Next, the heat is transferred across the membrane in two parallel
paths, one is heat conduction through the membrane structural material
and the gas contained in the membrane pores, and the other is the latent
heat of evaporation of the vapor mass flux, expressed by Eq. (2). It is
noteworthy that the heat transferred by the first, conductive, path has
negligible contribution to the vapor mass flux and is thus considered to be
an energy loss. The total heat transfer rate across the membrane thus is
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Gom = 9+ 9y = JAHg + i (Trm = Tom) = Hn(Trm = Ty, (2)

and the total heat transfer coefficient across the membrane (H,,) is thus
defined as:

’
’

qmem ]AI_Ifg + hm (Tf,m — p,m)
H, = =
Tpm = Tpm Tpm = Tpm 3
where h,, is calculated by:
b - Kme ekg + (1 — ek
" s “
Heat is then transferred across the permeate stream boundary layer:
4y, = hp(Tpm — Tp) (5)

At steady state, and ignoring heat losses from the membrane or
module periphery, the total cross-membrane heat flux is:

"

4G =9 = Gpem = 9 (6)
Combining Egs. (1) to (6), the total heat flux is:
’” Tf - TP
C S S S
h " Hn ()

The mass flux (J) of the distillate across the membrane is expressed
by:
J= C(pj,m - pp,m) (€))

Using a correlation from Ref. [23], the temperature and con-
centration dependent saturated vapor pressure is calculated by:

In(p,,) =a/T + @& + ;T + a,T* + asT* + agIn(T) 9

Pow _4 + 0.57357(L)

Dysw 1000 — S 10)
This correlation valid for 273.15<T < 473.15K and

0<w<= 0.24.

The vapor mass flux through the membrane is evaluated by using
the dusty gas model (DGM) for its permeability [2], which becomes
simplified to Knudsen-molecular diffusion because both sides of the
membrane are kept at approximately the same total pressure. The flux
is therefore expressed as [2]:

[zﬁ(,
38
an

noting that the driving force for the vapor flux is the vapor pressure
difference (pf,» — pp,m) rather than the total pressure, and vapor pres-
sure is a function of water temperature and concentration. As the feed
temperature is increase, the vapor pressure increases exponentially.

-1

-1
SM ¢ DM B
B[ Gy =

2
+ PR
”RTmem) ] ()(5 RTnem Paiy

3. The governing transport equations in the fluids

This section describes the governing transport equations that are
solved to find the needed temperature, flow, pressure and concentration
fields in the DCMD module. The variables are made dimensionless as
follows:

x ‘, y o u 5 v o p
Xfr==yvi=""yuyr=— = — = =

e y hen” uwp u p P
Tr= LTl e o W e B e K pe D

Tf i Tpi’ w;’ i’ kpi? Dy 12)

The DCMD module is analyzed in this study for both laminar and
turbulent stream flows, the latter to explore the potential of turbulence
for improving the heat and mass transport in the liquid streams. For the
laminar flow, the continuity, momentum, energy and species equations
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in dimensionless form are:

ou* | ov* 0
ox*  oy* (13)
ou* Ou* op* 1 3 ( 6u*) d ou*
u* + v'— = —Eu + — u + w
Ox* ay* ox*  2Re| dx* Ox* ay* oy* 14
Ov* ov* op* 1 3 ( 6v*) a ( ,ov
W'— +Vv'— = —Eu—— + —— u + u
Ox* ay* dy*  2Re| ox* Ox* ay* oy* (15)
oT* oT* 1 d oT* d OT*
u* +Vvi— = —| k* + k*
ox* dy*  2RePr| dx*\ ax* ay*\ oy* (16)
o + w1 3 (D* 6W*) + 9 [ pyow*
ox* dy*  2ReSc| ox* ox* ay* oy* 17)

where Re, Eu, Pr, Sc are the Reynolds, Euler, Prandtl and Schmidt
numbers, respectively, at the feed side:

Re = ouyi2he,
My i (18)
Eu = Lz
pPUs ;i (19)
MG
pr="017
ky.i (20)
l,{ .
Se= 1L
PDy,i 1)

For the turbulent flow, a realizable k — ¢ model is used since it is a
widely used turbulence model to predict the transport of turbulent flow,
with the governing equations from Ref. [24].

The correlations for the saline water properties (density, thermal
conductivity, and viscosity) are from [23] which are valid for the range
273.15K = T < 453.15K and 0 = w < 0.16.

4. The boundary conditions

The feed channel inlet (x* =0,1 <y* <2)

w0y =1 @2
v¥(0,y*) = 0 (23)
(0,5 = 1 @4)
w*(0,y*) =1 (25)
The permeate channel inlet (x* = p% 0<y*<1)
u*(li' y*) =-1
ch (26)
v*(lc—h y*) =0
h 27
T*(lc—h’y*) =0
ch (28)
lch )
wi——=y"|=0
(hm (29)
The feed channel outlet (x* = ;‘—Z 1<y*<2)
lch )
* < | =2
P (hch Y (30)

The permeate channel outlet (x*=0,0<y"<1)
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p(0,y") =2 (31)

The membrane interface of the feed channel (0 < x* < ’l[‘i;, yr=1%)
Ch

wr(x*1) =0 (32)
VE(x*, 1) =0 (33)
- h " + ’"
— k*al*(x*’ 1+) = ch (qV qc )
oy ki(Tyi = Tpi) (34)
_ D*Ll _'W ) (x*,17) = Jhen
ay* D; (35)

In the fluid simulation, the geometric configuration of the mem-
brane and the transport within it are not included in the fluid compu-
tational domain, and are instead calculated by Egs. (2) to (4) and Egs.
(8) to (11), so the membrane serves as boundary conditions for the feed
and permeate streams in the computational domain.

At y* = 1 in the fluid computational domain, two different values
are given for one coordinate here to represent the different boundaries
for membrane/feed and membrane/permeate. To distinguish between
these two boundaries, we name themy = 1" andy = 1~ (the detailed
description of such boundary condition can be found in Fluent user's
guide 6.3.14.3.7 [24].). In our simulation, y = 1" corresponds to the
membrane/feed interface and y = 1~ corresponds to the membrane/
permeate interface. Thus T(x*,1*) corresponds to T, r,m(x), and T(x",17)
corresponds to Tj ,(x), as shown in Fig. 2.

The membrane interface of the permeate channel
O=<x< ,i—:y =1)
u*(x*,17) =0 (36)
VR(x*, 1) = L
u;p 37)
* hen(qg’ +q"
B k*aT* @) = — w4, t4.)
oy ki(Tpi = Tpi) (38)

As discussed above, y = 1" corresponds to the membrane/feed
interface and y = 1~ corresponds to the membrane/permeate interface
here. Thus T(x"*,17) corresponds to T, ,(x) as shown in Fig. 2.

Thewall(OSx*g%,y* :OandOSx*splL‘—:l,y*:Z)

u =0 (39)

VE=0 (40)
_ k*aT* =0

oy* (41)

oy* (42)

5. Special considerations for high temperature DCMD
5.1. System pressurization

To keep the feed and distillate from boiling if the temperature raised
above the boiling point (such as ~102 °C for 3.5% concentration sea-
water at atmospheric pressure), the fluid is pressurized. This is included
in the model but also has implications on the membrane structure and
consequent effects on the transport through it, which are addressed in
Section 5.2.

The dimensionless pressure, p*, is nondimensionlized with respect to
the saturation vapor pressure of the feed inlet, defined here as:

P

Pt =
pmt

(43)

p* = 2 is the default setting.
An essential requirement for the membrane used in MD is that it
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must sustain the liquid/gas interface and prevent liquid from pene-
trating into the membrane pores. The “Liquid Entry Pressure” (LEP) is
the maximal pressure difference across the pore liquid/gas interface
that a membrane can sustain without allowing liquid penetration into
the pore, and can be calculated using Young-Laplace eq. [2]:

—2By, cos 6

LEP = APjper = (44)

rmax

where AP;. is the pressure difference across the liquid/gas interface
that, B: pore geometric coefficient (=1 for cylindrical pores, assumed
here), y;: the liquid surface tension, 0: the contact angle, and ry,,yx is the
maximal radius of the pore.

It is thus the pressure difference across the liquid/gas interface that
affects the wetting, rather than the applied absolute pressure, so raising
the absolute pressure of the streams at the membrane surface does not
promote wetting as long as the LEP pressure difference is not exceeded,
i.e., as long as the feed and the permeate streams are pressurized to the
same extent, or even kept at a pressure difference below LEP, no wet-
ting is expected to take.

To elaborate further, it is noteworthy here that the pressure differ-
ence across the membrane, and the liquid penetration into a pore and
diffusion through it are also affected by the presence of air in the
streams and pores. Our simulation model includes the presence of air in
the membrane pores ((Eq. (11)) (primarily to include its effect on the
distillate flux), and we assume that the total pressures of gas inside the
pore is in equilibrium with the feed and permeate streams pressure.
This is a widely used and justified assumption in modeling of DCMD
[2], and the total pressure within the membrane equals to the pressure
of the fluid, so if we pressurize the fluid to the same level on both sides,
there is no LEP-affecting pressure difference across the membrane. Also,
following Henry's ad Dalton's laws, the presence of air in the pores tends
to lower the pressure difference across the gas/liquid interface, hence
reducing the tendency for membrane wetting as also found both ex-
perimentally and theoretically by [25,26].

To determine the membrane interfacial pressure differences in the
range of temperatures of our study and keeping in mind that the feed
and permeate streams are in counterflow and in practice also use en-
ergy efficient heat recovery, the temperature differences between the
feed and permeate streams are kept at about 10-15 °C, to maximize
energy efficiency. The maximal vapor saturation pressure change with
temperature, at 180 °C, is about 21 kPa/°C, so the maximal vapor
pressure difference APj,ierface Under such practical counterflow condi-
tions is about 315 kPa.

Using Eq. (11), we calculated the LEP for the membrane used in the
simulation, which has a pore diameter of 0.27 um, contact angle of 160
degrees (the ability to fabricate such superhydrophobic PTFE films
having contact angles of 150-165 degrees was demonstrated [E.g.
(27)1, yr = 0.0474 N/m (extrapolated from data from [28]), and B = 1
(cylindrical pores), and found that LEP = 660 kPa. This is significantly
higher than the above-determined maximal vapor pressure difference
for typical operating conditions at the temperatures considered in this
study, and supports the process feasibility.

Ultimately, these calculations serve well as feasibility evidence and
guidelines for high temperature MD processes analyzed in the paper,
but the real LEP behavior of MD membranes at given temperature levels
and differences, and the effects of air on it, must be determined and
verified experimentally under plant operating conditions.

5.2. Selection of membrane

As explained in Section 2.2 and quantified by Egs. (2) and (4), the
conductive fraction of the heat transfer across the membrane reduces
the membrane energy efficiency and vapor mass flux. We consequently
define the membrane thermal efficiency (;) as the ratio between the
latent heat flux across the membrane due to solvent vaporization and
the total heat flux across the membrane [11]:
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JAI‘Ifg
n= e
JAHg + =55 (Trm = Tpm) (45)

It is noteworthy that the ideal value of 7 is equal to 1, i.e. when the
entire heat flux is for the vapor transport through the membrane with
none bypassed by conduction. Since this study focuses on investigating
the potential for MD operation at temperatures higher than the cur-
rently used low ones, the first consideration for membrane material
selection is the ability of these materials to operate well and robustly at
the desired higher temperatures, but the above-described effect of
membrane materials conductivity on membrane energy efficiency must
be considered too. This is demonstrated well by the example that
porous ceramic membranes, which have excellent tolerance to high
temperature operation and have been studied and used, have thermal
conductivities that are significantly higher than those of the polymers
used in MD. The thermal conductivities of typically used polymers
(polyvinylidene fluoride (PVDF), polytetrafluoroethylene (PTFE) and
polypropylene (PP)) are in the range of around 0.1-0.5 W/(m'K)
[2,6,27,28]. The ceramic membranes were generally fabricated from
porous Alumina, Zirconia and Titania [31]. Alumina has a thermal
conductivity around 30 W/(m'K). Zirconia has a thermal conductivity
around 2 W/(m'K). Titania has a thermal conductivity around 10 W/
(mK). The ceramic membranes are made hydrophobic by surface-
coating with hydrophobic material, such as PTFE.

Since high temperature DCMD will use membranes made of mate-
rials that may have thermal conductivities different than those com-
monly used in the current low temperature applications, it is now ex-
amined how this affects the system performance. Eq. (45) shows how
the membrane material thermal conductivity influences the membrane
thermal efficiency (i) of DCMD. Egs. (2) to (11) and (45) show that the
membrane thermal efficiency is a function of membrane properties r, ¢,
8, x, and ks, and the temperature at the 2 liquid/membrane interfaces
(Tgm, Tp,m). We investigate here the influences of the membrane ma-
terial thermal conductivity (k;), membrane porosity (¢) and membrane
feed side temperature (T¢,,) on the membrane thermal efficiency ().
The other parameters are kept constant at the values within the range of
typical membranes used in MD [29], shown in Table 2 as a reference
case to illustrate the influence of membrane thermal conductivity on
membrane thermal efficiency.

Figs. 3 to 5 show the calculation results. It was found that for given
Ttm, n decreases significantly as k; is increased since the conduction
heat loss increases with k. According to Egs. (2), (4), (8) to (11), given
constant Ty, and other parameters in Table 2, q, does not change but
qc changes linearly with k. For example for ¢ = 0.5, Eq. (45) shows

Table 2
Parameters for investigation of 7.

§ (um) d, (um) e X Tp, m (K)
200 0.3 0.8 1.8 298.15
1
0.8
0.6
0067 L E -
- 450
400 02

o ; 350
20 5 300 1., Kk My
ks, Wm-1K-!

Fig. 3. The influence of k; and T, on 7, with £ = 0.5.
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Fig. 4. The influence of k; and T, on 7, with ¢ = 0.7.
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Fig. 5. The influence of k; and Ty, on 5, with ¢ = 0.9.

that increasing k; from 0.1 to 10, causes gc to increases 50-fold and # to
decrease 11-fold (from about 80% to 7.5%). For the same k, 5 increases
with Ty, since the g, increases more rapidly compared with q. ac-
cording to Egs. (4), (8) to (11) and Ref. [30]. This is because the vapor
pressure difference that is the driving force for J and g, increases more
rapidly at higher temperature according to Egs. (4), (8) to (11). Also, 5
decreases more significantly with the increase of the kg for smaller
values of ¢, since for smaller ¢, the k; accounts for more of the effective
membrane thermal conductivity (k..), as Eq. (4) indicates.

To examine the performance of ceramic membranes for high tem-
perature DCMD, the same simulation procedure to simulate the flat
sheet DCMD module using the PTFE membrane is used except that
ks = 2.0 W/(m'K) which is the thermal conductivity of Zirconia and is
the ceramic material with the smallest thermal conductivity among
those discussed above. The other parameters are same for the flat sheet
DCMD module using PTFE membrane and are listed in Tables 3 to 5.
The results include # = 17% and J = 0.009 kg/(mz's) since the tem-
perature difference across the membrane is small due to high

Table 3
Membrane properties [9].

S (um) d, (um) e X ks (W/(m'K))
205 0.27 0.47 2 0.15
Table 4
Module geometries.
l.p, (m) hen (m)
0.1 0.001
Table 5
The base-case operating conditions.
T (K) w; (%) ug; (m/s) Ty, (K) up,; (m/s)
433.15 3.5 0.2 298.15 0.2
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conductivity of the membrane material and the average temperature
difference across membrane (T¢, — Tpm) is only 21.5 K. Relative to the
results using a PTFE membrane under same conditions (shown in fur-
ther below Section 8.1), use of the ceramic membrane yields a 3-fold
lower J and 5-fold lower 7 indicating that the performance of DCMD
using ceramic membranes is relatively rather poor.

While polymeric membranes have low material thermal con-
ductivities, the ones typically used for MD (e.g., PVDF, PP, PTFE) may
suffer unacceptable degradation or decomposition at high tempera-
tures. PVDF and PP have melting temperatures around 160 °C [32], so
they are unsuitable for the high temperature operation of up to 180 °C
that is considered in this study. PTFE, however, has a long term service
temperature around 260 °C [32], and are thus considered to be possibly
suitable for high temperature MD, and therefore used in this study.

In addition to operating at the elevated temperatures considered in
this study, the membranes must operate at the elevated pressures
needed for avoiding boiling. It is important, therefore, to make sure that
the membrane transport properties allow effective long-term operation
under these conditions.

For example, compressive stresses may change the membrane por-
osity and tortuosity. In this study the required fluid pressure was be-
tween 200 kPa and 1960 kPa. Under the same compressive stress, the
strain of PTFE increases with the increase of the temperature. The
strain-stress curve in Ref. [33], shows that at 200 °C, PTFE can sustain a
pressure of 2 MPa with a corresponding strain of 5.0%.and at 150 °C the
strain corresponding to 2 MPa is only 2.5%, both very small that should
not have a significant effect of on the membrane performance. We thus
assumed that its geometric properties (e, J, x, d,) remain constant. The
surface energy of solid materials also depends on the strength of the
intermolecular bonds and the pressure, which, at least in the range
relevant to this study, has little effect on their molecular structure.
Furthermore, as the pressure is increased from atmospheric (100 kPa)
to 1960 kPa, the surface tension of the water decreases by only 2%
[34]. All this indicates that sufficient hydrophobicity can be maintained
for the pressurized system.

A correlation from [35] is used to calculate the thermal conductivity
within the temperature range investigate in this work by

1.0221T.01917 — 0.1 T
ko (T) = k, (208K )02 T 0.1959%;

1.0221T;,°19"7 — 0.1959T}, (46)
where
=L
T, 47)
298
= Tg (48)

T, for PTFE is 399.15K, thus ks changes only by 2% between
373.15K to 453.15 K. Additionally, Eq. (4) shows that ks accounts for
only (1 — &) of the total k,,, so the change in k will results in only a 1%
change of the k;,,. for a membrane with ¢ = 0.5, which is the membrane
studied in this work, so kg is considered to be constant in this work.
Consequently, all the membrane properties are assumed to be constant
in this work.

6. Modeling procedure
6.1. Default base-case parameter setting

The material properties of the flat membrane in this study, sum-
marized in Table 3, were assumed to be the same as those of the tubular
PTFE membrane used in [9]. Though the geometry of the membrane is
different, they are in the range of commonly used flat sheet PTFE
membranes [11].

A flat sheet DCMD module is simulated in this work. Fig. 1 shows
the schematic of the DCMD module. The dimensions are given in
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3
Update properties

Solve sequentially:
u,v

No v —
Solve continuity

euqation

Update mass flux,
Pressure and velocity

Solve energy, species and
turbulence equations

Calculate
performance criteria

Convergence

Fig. 6. Logic flow of the solution in Fluent.

Table 4.The geometry of this module is on the scale of the modules
studied in [36-39].

The base-case operating conditions are given in Table 5. Ty; is
chosen to be 433.15 K (160 °C), which is much higher than the feed
temperature of conventional MD (that is about 353 K (80 °C)) and lies
in the temperature range of our study. The T}, ; is chosen to be 298.15 K,
which is the ambient temperature, and w; is chosen to be 3.5% typical
to seawater. ug; and u,; are chosen to be 0.2 m/s which is comparable
with the velocities used in [39-41]. The Re is about 2000 and a laminar
flow model is used to simulate the process except in cases in which a
turbulent model is specifically mentioned.

6.2. Method of solution, grid independence and validation

The simulation is carried out using the software Fluent 16.1 [24].
The pressure-based solver with SIMPLE scheme is chosen where the
equations are solved in the procedure shown in Fig. 6. The second order
upwind scheme is chosen to discretize the momentum, species and
energy equations. High temperature results in large heat flux across the
membrane and more drastic changes as a function of the feed tem-
perature. This requires a computation mesh fine enough to capture such
steep temperature changes and resolve them. The computational do-
main is divided into 50,000 cells, with 50 nodes used in the y direction
and 1000 nodes in the x direction. The cells have an area of
4 x 10~ ° m? Increase of the number of cells from 50,000 to 200,000
resulted in only a 0.094% difference in the average total heat flux and
0.13% in the average mass flux, thus indicating that the grid was fine
enough for this study.

The model (described in Section 2) validation for the DCMD oper-
ating below 100 °C is done first. The computed mass flux was compared
with experimental results from Phattaranawik et al. [42] and Martinez
et al. [43] at the same conditions they used, and was found to be in
good agreement, within 9%, as Figs. 7 and 8 indicate. This comparison
validates the correctness of the model used to describe the membrane,
and the accuracy of the calculations for similar flow conditions.

The model is also approximately compared with the experimental
results of Ref. [9]. Since we cannot model the complex module design
and flow conditions in their work, their results are compared with our
simulation using ideal conditions of no transport resistance of the flow
(£2 = 0). As shown in Table 1, their results show that when the feed
temperature is raised from 108 to 118 °C, J increases from 68 to
115 kg/(m*h) and the mass flux increase per degree temperature rise,
(AJ/ATgy), is 4.7 kg/(m2-h~°C). Our model has shown that raising the
feed temperature from 108 to 118 °C resulted in an increase of J from
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Fig. 7. The computed mass flux for different feed inlet temperature in this study, com-
pared with experimental results from [42]. (T,;=20°C, ug = 0.0632m/s,
up; = 0.0632m/s, I, = 0.1 m, hep, = 0.004545m, § = 126 ym, d, = 0.22 um, ¢ = 0.62,
X = 2, ky = 0.041 W/(m'K)).
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Fig. 8. The computed mass flux for different feed inlet temperature in this study, com-
pared with experimental results from [43]. (T,; =14°C, ug = 0.0635m/s,
up,; = 0.0635 m/s, I, = 0.055m, hy = 0.002m, § = 125 um, d, = 0.32 um, ¢ = 0.75,
x = 1.7, ks = 0.22 W/(m'K)).

86.9 to 136.5 kg/(m>h) and in a mass flux increase per degree tem-
perature rise, (4J/ATg,), of 5.0 kg/(m2~h~°C), very close to their results.
Furthermore, it is reasonable that the simulation would give somewhat
higher results than [9] because it was done for ideal conditions in
which J and AJ/ATg;, would indeed be higher. Altogether, these are
quite satisfactory validations, especially when considering possible
differences between the conditions used in our simulation model and
those of their experimental study.

7. The used performance criteria

The main objective of separation processes, like MD, is to manu-
facture a desired product at minimal cost to production-rate ratio. Since
this study does not address economic aspects, the major performance
criteria chosen are those that evaluate the process water production
rate, energy consumption and efficiency, and heat and mass transfer
process foundations, as defined below. Detailed description and dis-
cussion of MD performance criteria was given by the authors in [11].

7.1. Mass flux (J)

Mass flux, the flux of the distillate vapor across a membrane, is the
mass flow rate of the distillate across the membrane per unit membrane
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(49

7.2. Membrane thermal efficiency (i)

The membrane thermal efficiency is defined as the ratio between
the heat flux due to distillate evaporation and the total heat flux across
the membrane:

9

n==

q; (50)

7.3. Total heat flux (q,)

The “total heat flux” across a membrane is described by Egs. (1) to

(6).
7.4. Relative heat transfer resistance (£2)

Based on the heat transfer resistance analog discussed in Section
2.2, the relative heat transfer resistance, £, is defined as the ratio of the
convective heat transfer resistance to the total heat transfer resistance
of the module and is calculated by

_ Tm— T
Ty — Ty

Q=1
(G

7.5. Exergy efficiency (y)

Consideration of exergy and of its efficient use is important in all
energy related processes, especially when more than a single type of
energy is involved, such as the use of heat and pumping work as is the
case in MD. The overall exergy efficiency of the DCMD module, y, in
which the overall exergy destruction rate is Eg, is defined here as the
ratio of the exergy output of all energy outfows, Egup to the exergy
input of all energy inflows, Empm:

Eoutput -1 Edm

P =

Einput Einput (52)

Detailed description of methods used to calculate exergy are given
in [44,45], and of exergy efficiency of DCMD in [11]. The dead state for
the exergy calculations is chosen here as T, = 298.15K,
Do = 101.325 kPa, and seawater solutes mass fraction wy, = 0.035 kg/
kg. To simplify the analysis, the permeate side temperature T, is as-
sumed to be the dead state temperature T.

7.6. Specific exergy consumption (SXC)

It is defined as the amount of exergy supplied to produce a unit mass
of the product.
SXC = Eiﬂﬁ
Mpro

(53)

As discussed in Ref. [11], the temperature and pumping pressure
contribution to exergy are both included.

7.7. Specific energy consumption (SEC)

It is defined as the amount of energy supplied to produce a unit mass
of the product.

input

E
SEC =

mpra (54)
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The energy input (Eq. (55)) for the module studied in this study is
the heat supplied to the feed solution (Eq. (56)), and the pump work for
pressurizing (by Ap) and driving the liquids (Eq. (57)).

The energy input to the module studied in this work is the sum of
the heat needed to raise the temperature of a unit mass of fluid from
ambient to the process inlet value, and the pumping work needed for
that fluid to be pressurized from ambient pressure to the process inlet
required value (Ap):

Einput = Eheat + "Vpump (55)

The heat input rate needed to heat a stream having volumetric flow
rate V is;

Eheat = Vpcp(Tf,i - TE)) (56)

For a pump of efficiency v, the pump work needed to pressurized the
fluid is calculated by

"Vpump = V(Pf,i - Po)/}’ (57)

It is noteworthy that while pumping work for stream pressurization
for high temperature operation somewhat increases with the pressure,
it is well established that typically the pump work required for DCMD is
only a small fraction of the heat demand (~0.5%) and if ever warranted
by economic considerations, very high pressure stream energy could be
recovered by pressure work exchangers.

8. Results and discussions
8.1. Effect of the feed inlet temperature

As presented in the Introduction (Section 1), the mass flux and
thermal efficiency of DCMD increase with the feed flow temperature,
and we thus investigate the performance of DCMD with the feed inlet
temperature up to 180 °C, well above the commonly used maximal
temperature of about 80 °C. The effects of the feed inlet temperature on
the DCMD performance criteria are computed in the simulation and
shown below.

Figs. 9 to 15 show the relative heat transfer resistance (£2), the mass
flux (J), the membrane thermal efficiency (), the total heat flux (qt"),
the specific energy consumption (SEC), the specific exergy consumption
(SXC) and the exergy efficiency (w) with default parameters setting
listed in Tables 3 to 5, except that Ty; is varied.

As Ty; is increased from 353.15 K to 453.15 K:

e Qincreases by 54%, since the temperature polarization is intensified
at higher temperature as reported in [1].
e J, y and g, increase, as expected: J 9.4-fold, 5 2.1-fold and ¢, 4.5-

0.65
0.60

055
050 //'/
045 4 /

040 ¢~
035

0.30
353.15 373.15 393.15 413.15 43315 453.15

I, K

Fig. 9. The relative heat transfer resistance (£2) as a function of T;.
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Fig. 10. The mass flux (J) as a function of Tg;.
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Fig. 11. The membrane thermal efficiency (i) as a function of Ty,
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Fig. 12. The total heat flux (g;) as a function of Ty;.

fold, because increasing Ty; increases T, and thus the temperature
difference (T¢,, — Tp,n) across the membrane and also the qt", J, and
n according to Egs. (2) to (11).

e SEC and SXC decrease by 2.9-fold and 1.4-fold, respectively, since J
increases more significantly than the increase of exergy and energy
inputs. As the Ty; is raised from 80 °C to 180 °C, J increases 9.4-fold,
but the exergy input and energy input increase about 6.8-fold and
2.8-fold, respectively.

e Exergy is carried out by the feed stream since it has high tempera-
ture. As g, increases, the drop of the outflow temperature of the feed
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092 Fig. 17. The temperature as a function of y* at fixed x* = 50 for Ty; = 453.15K.
-~ figures also show the fluid/membrane interface temperature and the
0.91 \ temperature polarization there.
0.90 \ Figs. 18 and 19 show Tz, (y* = 1%) and T, ,, (y* = 17) along the
\4 membrane for Ty; = 353.15K and T;; = 453.15K. Recalling that
089 \ y = 1% corresponds to the membrane/feed interface and y = 1~ cor-
’ ~~ responds to the membrane/permeate interface in the fluid computa-
tional domain. Thus T(x*,1*) corresponds to T, ;m(x), and T(x*,17)
0.88 corresponds to T, ,(x) as shown in Fig. 2.
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Fig. 15. The exergy efficiency () as a function of Ty;. 350 \ i
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stream increases and the exergy of it decreases. As a result, yy de- ‘
creases by 4%. 330 | o
® yi decreases by only about 4% but the exergy input increases about 320 | . 1{’ s
6.8-fold, thus the exergy output (exergy of the feed and permeate | \ Sim
outflows) increases 6.5-fold and the exergy of the feed outflow ac- 310 :
counts for 98% to 99% of the total exergy output (exergy of the feed 300 1
and permeate outflows). This indicates that the feed outflow has \
more flow exergy for higher temperature DCMD and good oppor- 290 ;
tunity for recovery of the exergy of the feed outflow. 0 20 40 , 60 80 100
o The temperature profile depicted qualitatively in Fig. 2, is computed X

as a function of y* at the module mid-length (at x* = 50) and shown

in Figs. 16 and 17 for Tfi = 353.15 K and Tfi = 453.15 K. The Fig. 18. The T,, and along membrane/feed interface (y* = 1*) and T, along mem-
’ ’ brane/permeate interface (y* = 17) for Ty; = 353.15K.
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Fig. 19. The T;,, and along membrane/feed interface (y* = 1*) and T,,, along mem-
brane/permeate interface (y* = 17) for Ty; = 453.15K.

8.2. Effect of the Reynolds number (Re) of the feed and permeate streams.

It is known that transport with the fluid is improved by raising the
Re, which influences the performance of MD by reducing the heat and
mass transfer resistances and the polarization phenomena in the
streams. The laminar flow model is used for Re < 2000, and the tur-
bulent for Re > 2000. The turbulent model is also intentionally ex-
tended to Re = 2000 to compare the results of laminar and turbulent
flow models under the same condition. The effects of the Re are com-
puted in the simulation and shown below.

Figs. 20 to 26 show the relative heat transfer resistance (£2), the
mass flux (J), the membrane thermal efficiency (), the total heat flux
(g.), the specific energy consumption (SEC), the specific exergy
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Fig. 20. The relative heat transfer resistance (£2) as a function of Re (laminar and tur-
bulent).
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Fig. 21. The mass flux (J) as a function of Re (laminar and turbulent).
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consumption (SXC) and the exergy efficiency (y) with default para-
meters setting listed in Tables 3 to 5, except that Re is varied in the
laminar and the turbulent region.

As Re is increased 5.8-fold:

Q drops as expected, here by 55%, since increasing Re improves the
transport with the fluid.
J, nand q; increase, as expected. J increases 2.6-fold, 5 increases by
15% and g, increases 2.2-fold. This is because lower £ means larger
temperature difference (Tg, — Tpm) across the membrane and
larger g, , J, and 5 by Egs. (2) to (11).
SEC and SXC increase by 2.3-fold, since J increases less significantly
than the increase of exergy and energy input. As the Re is raised
from 1200 to 7000, J increases 2.6-fold, but the exergy input and
energy input increase about 6.5-fold.
y increases by 12%. Higher Re results in larger exergy input because
of larger mass flow rate. The increases in exergy input exceeds the
increases in exergy destruction because of better transport and
larger qt", thus y increases. As the Re is raised from 1200 to 7000, the
exergy input increases 5.8-fold, and the exergy destruction increases
about 2.6-fold.

A step change drop is observed at Re = 2000 due to the transition of

laminar to turbulent flow, where different models are used in each

of these regimes. This step shows:

H A drop in Q by 3%, since turbulent flow improves the transport
compare with laminar flow.

MW Arise in g, and J, 5 at the step change, as a result of lower 2, J
increases by 36%, 7 increases by 9% and ¢, increases by 25%.

B A drop by 4% in y because of higher g, .

M A drop in SXC and SEC by 27%. The exergy and energy inputs are
almost the same for the same Re, since the mass flow rate and the
temperature of the fluid are the same. Thus they are inversely
related to J, and J increases by 36%.

As the Re is raised from 1200 to 7000, J increases 2.6-fold and 7

increases by 15%. To compare the effects of Re in conventional MD.

We studied a case with T;; = 353.15 K which is a feed inlet tem-

perature used in conventional MD with the other parameters kept at

their default setting listed in Tables 3 to 5. When Re is raised from

1200 to 7000, the J of such a conventional process increases 1.8-fold

and 7 increases by 8%. This enhancement is smaller than in higher

temperature MD, confirming that significant performance im-

provement can be achieved by increasing Re in high temperature

DCMD.

It is noteworthy that as the Re is increased from 1200 to 7000, y

increases by 12% and the exergy input increases 5.8-fold, thus the

exergy output (exergy of the feed and permeate outflows) increases

6.5-fold and the exergy of the feed outflow accounts for 98% to 99%

of the total exergy output (exergy of the feed and permeate out-

flows). This indicates that the feed outflow has more flow exergy for
higher Re of higher temperature DCMD and good opportunity for
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Table 6
Summary of the DCMD performance as a function of p*.

p* Q J, n qc, SEC, SXC, %
kg/(m?>s) kW/m*  kJ/kg kJ/kg

1.50 0.56 0.028 0.76 88.81 40,395.41 7018.93 0.88

1.75 0.56 0.028 0.76 88.53 40,669.43 7062.79 0.88

2.00 0.56 0.028 0.76 88.33 40,879.96 7095.57 0.88

2.25 0.56 0.028 0.76 88.17 41,051.42 7121.55 0.88

2.50 0.56 0.028 0.75 88.05 41,192.30 7142.19 0.88

recovery of the exergy of the feed outflow.
8.3. Effects of pressure

As mentioned, higher operating temperature requires the raising of
the pressure to prevent boiling, so the effects of the operating pressure
are computed in the simulation and shown below.

Table 6 presents the relative heat transfer resistance (£2), the mass
flux (J), the membrane thermal efficiency (5), the total heat flux (qt”),
the specific energy consumption (SEC), the specific exergy consumption
(SXC) and the exergy efficiency (y) with default parameters setting
listed in Tables 3 to 5, except that p* is varied. It can be seen that ©, J
and y do not change, q, and  decrease within 2%, SEC and SXC in-
crease within 2%. This indicates that the pressure levels needed for the
DCMD operation between 0.91 MPa to 1.5 MPa, do not affect the pro-
cess performance significantly.

9. Conclusions

The effects of raising the saline water feed inlet temperature up to
180 °C, well-above the commonly used MD temperatures, on the per-
formance of DCMD flat sheet modules were investigated by compre-
hensive computational simulation.

e Significant performance improvements can be achieved by high
temperature MD: when Ty; is raised from 80 °C to 180 °C, J increases
9.4-fold, 7 increases 2.1-fold, qt" increases 4.5-fold, SEC decrease by
2.9-fold, and SXC decrease 1.4-fold, although £ increases by 54%,
and y decreases by 4%.

e Some performance improvements can be achieved by increasing the
Re of high temperature DCMD. For T;; = 433.15K, as the Re is
raised from 1200 to 7000, £ drops by 55%, J increases 2.6-fold, 5
increases by 15%, q; increases 2.2-fold, and y increases by 12%, but
SEC and SXC increase 2.3-fold. For T;; = 353.15K, when Re is
raised from 1200 to 7000, J increases 1.8-fold and 5 increases by
8%, but SEC increases by 3.2-fold. This indicates that raising Re
gives higher enhancement in high temperature DCMD than in con-
ventional lower temperature DCMD.

® The system pressurization needed for high temperature DCMD op-
eration at Ty; = 433.15 K in the investigated range of parameters is
0.91 MPa to 1.5 MPa, and it was found that it should not affect the
process performance significantly; When the p* is increased from
1.5-fold to 2.5-fold, £, J and w do not change, g, and 5 decrease
within 2%, and SEC and SXC increase within 2%.

e To prevent membrane “wetting”, the pressurization of the feed and
permeate streams must be equal, or at least no more different from
each other than the LEP. Ultimately, the calculations serve well as
feasibility evidence and guidelines for high temperature MD pro-
cesses analyzed in the paper, but the real LEP behavior of MD
membranes at given temperature levels and differences, and the
effects of air on it, must be determined and verified experimentally
under plant operating conditions.

e Exergy analysis is performed for high temperature DCMD. When Tg;



A. Luo, N. Lior

is increased from 80 °C to 180 °C, the exergy output (exergy of the
feed and permeate outflows) increases 6.5-fold and the exergy of the
feed outflow accounts for 98% to 99% of the total exergy output.
When Re is increased from 1200 to 7000, the exergy output in-
creases 6.5-fold and the exergy of the feed outflow accounts for 98%
to 99% of the total exergy output. High temperature DCMD thus
offers good opportunity for energy and exergy recovery from the hot
concentrated feed outflow stream, and such designs should be de-
veloped.

While typically available ceramic membranes for MD have good
tolerance to high temperature operation, they also have high ma-
terial thermal conductivities and thus have much poorer J and 7
than polymeric membranes.

Appropriate system design and material selection is essential for the
high temperature DCMD system to work under high pressure and
temperature. The specific membrane fabrication for high tempera-
ture DCMD is of interest for better performance.

Recognizing that high temperature MD is more vulnerable to pre-
cipitation of salts such as calcium carbonate, magnesium hydroxide,
and calcium phosphate, if they are present in the feed water, which
may cause excessive fouling of the membranes, we note that it can
be used if the feed water does not originally contain such species, or
by pretreating the feed water if it does.

This study doesn't address economics, but it is noteworthy that
while high-temperature operation MD membranes are likely to be
more expensive than the conventional ones at this time, price de-
pends on the demand for such membranes, and membrane tech-
nology development is advancing rapidly. Consequently, there is no
evidence that such membranes would be too expensive in the future,
especially if the process is much more efficient as this study pre-
dicted.

The higher operating temperatures provide more practical oppor-
tunities for heat recovery, which could significantly further raise
overall system efficiency; suitable designs are thus needed to re-
cover the high exergy and energy of the outflow in high temperature
MD.
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